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This article deals with the physical modeling and numerical simulation of two-phase
bubbly flow in an airlift internal loop reactor. The objective is to show the ability of
computational fluid dynamics (CFD) to correctly simulate hydrodynamics and axial
dispersion in such a bubbly reactor. The modeling of two-phase bubbly flow is based
on the so-called two-fluid model derived from Reynolds-averaged Navier–Stokes equa-
tions in two-phase flow. From the local perspective, CFD leads to the distributions of
phases, interfacial area, and velocity field in the whole volume of the airlift. Numerical
simulations are discussed after comparison with experimental data. Sensitivity analysis
is then presented to highlight the main parameters that must be taken into account in
two-fluid modeling, especially in terms of interfacial transfer of momentum and turbu-
lence. Once local hydrodynamics has been discussed and validated, the axial disper-
sion is then addressed. The axial dispersion coefficient is estimated from simulation of
transport equation of salt concentration. Given the time evolution of the concentration,
measured by a ‘‘numerical’’ probe located in computed airlift reactor, it is possible to
numerically estimate the axial dispersion in the airlift, in the same way as in the
experiments. The axial dispersion coefficient determined after simulation is compared
with the experimental one and the ability of CFD to simulate mixing time and axial
dispersion is shown. In addition, a physical analysis of axial dispersion is proposed.
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Introduction

This study focuses primarily on associating the fluid mechan-
ics approach with that of the chemical engineering approach.
The fluid mechanics approach usually concentrates efforts on
solving local Reynolds equations by developing closure models
on interfacial transfer and/or turbulence; it is generally applied
to basic flow problems in simplified geometry. At the same
time, the chemical engineering approach usually concentrates

efforts on overall studies, leading to global laws that are very
useful for industrial problems.

In chemical engineering, hydrodynamics of airlift reactor
is classically analyzed in terms of axial dispersion. To better
understand the meaning of axial dispersion, and then to
improve its determination, the use of computational fluid dy-
namics (CFD) is actually helpful. Basically, CFD enables
one to perform the same experiment on a computed pilot
than on a laboratory pilot. For example, in this article, we
will use a numerical tracer and a numerical probe to deter-
mine mixing time and axial dispersion. Indeed, this numeri-
cal experiment sets out to first correctly simulate the local
two-phase flow hydrodynamics and, in a second step, to sim-
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ulate the transport of concentration. As soon as these simula-
tions are validated by comparison to experiments, the distri-
bution of the two phases can be considered as reliable. Then,
given a correct local distribution of interfacial area and asso-
ciated hydrodynamics, local mass transfer can be locally
simulated. Mass transfer will be presented and discussed in a
companion article. One of the goals of this first article is to
emphasize the most important phenomenon to be modeled in
airlift reactor, among the numerous phenomena involved in
turbulent two-phase bubbly flow.

In fact, many different CFD codes are now available; we
have chosen to use one of the existing codes (Fluent1, Flu-
ent Inc., Lebanon, NH). Given this code, it is possible to
focus our research on the physical phenomena and to test dif-
ferent physical modeling of gas–liquid interactions. In Flu-
ent1 code, the two-fluid model can be used in a Eulerian–
Eulerian approach. Our goal is to better understand the clo-
sure laws and to determine the main parameters in bubbly
flow in an airlift reactor.

Airlifts have been mainly reviewed in the domain of bio-
reactors.1–4 In the last review, Merchuk4 mentioned only two
works based on CFD in airlift reactors: Cockx et al.5 and Mudde
and van den Akker.6 In Cockx et al.,5 ASTRID code was used.
It was the first attempt at modeling bubbly flow in an airlift reac-
tor with a local two-fluid model approach. However, the closure
relations on momentum and turbulence interfacial transfers
were not analyzed in detail and need to be better understood.
Mudde and van den Akker6 used a model very similar to that of
Cockx et al.5 Unfortunately, the validation of their model is lim-
ited to global gas fraction. Since this date, van Baten et al.7 and
Oey et al.8 presented CFD works to describe hydrodynamics of
internal airlift reactors. The simulations of van Baten et al.7 are
based on CFX code. In the Eulerian approach, the authors model
the interfacial transfer of momentum in terms of drag, without
added mass effect. The drag coefficient is constant and related
to the Eötvös number, following the modeling of Clift et al.9

Gas bubble dispersion related to drift velocity is not taken into
account in drag modeling. Nothing is said about the interfacial
transfer of turbulent kinetic energy or its dissipation rate. The
authors obtain a good agreement between simulations and
experiments, in terms of global gas holdup in the riser and
downcomer and in terms of global liquid circulation.

However, no comparison to experiments is proposed in terms
of local data such as longitudinal or horizontal distributions of
gas fraction or liquid velocity. In consequence, the local model-
ing cannot be validated. In particular, the role of dispersion
related to drift velocity cannot be analyzed. Oey et al.8 present
numerical simulations of an oscillating internal-loop airlift reac-
tor. Three-dimensional (3D) simulations are performed in a
Eulerian two-fluid approach. The interfacial term of transfer is
taken into account in the modeling of the turbulence in the liquid
phase. The authors model the interfacial transfer of momentum
in terms of drag, including added mass effect. The drag coeffi-
cient is modeled by the Schiller and Naumann10 correlation,
which is more adapted to solid particles than to gas bubbles. The
drift velocity is not taken into account in the drag modeling. The
authors focus on transient phenomena and compare the predicted
period of oscillations in the downcomer to experimental values.
The transient behavior is probably related to the modeling of the
added mass.11,12 Unfortunately, the simulations are not compared
to experimental data in terms of local or global gas fraction or

liquid velocity. In conclusion, the existing works on CFD applied
to airlift reactor are scarce. In addition, local data are rarely used
to validate simulations. The lack of references to local data limits
the analysis of closure relations used in CFD works.

In the present article, we will refer to experimental data
acquired by Couvert13 on longitudinal and horizontal profiles of
gas fraction in the riser and in the downcomer of an airlift reactor.
We will also use data on velocity profile in the downcomer.14

In the first section of the article, the two-fluid model equations
are recalled and specific closure relations are analyzed. With the
numerical results being compared to experiments acquired on lab-
oratory pilot, the experimental facility (airlift reactor) and the nu-
merical code are presented in the second section. In the third sec-
tion, the study focuses on validation of bubbly flow simulations.
The objective is to correctly predict longitudinal profiles of gas
fraction in the riser and the downcomer and velocity profile in the
downcomer, guided by the aim of attaining a solid understanding
of local hydrodynamics parameters such as characteristic scale of
bubbles and interfacial momentum transfer coefficients (drag,
added mass). In section four, complementary numerical results
are presented to analyze the sensitivity of the computed results to
physical parameters such as gas dispersion (drift velocity), free
surface deformation, and interfacial momentum transfer coeffi-
cients (drag, added mass). In the present study, the bubble diame-
ter is imposed from experimental observations. Once two-fluid
modeling has been validated and analyzed, axial dispersion and
mixing time are addressed.

Very few articles have been devoted to the simulation of
axial dispersion in bubbly reactors. van Baten and Krishna15

presented such simulations in a bubble column. The authors
obtained good predictions and concluded on the efficiency of
CFD code for scale-up design of reactors. The present article
presents the simulation of axial dispersion in an airlift reac-
tor. In the fifth section, the transport of salt concentration is
simulated in the liquid phase. The simulation of concentra-
tion is validated by comparison with experiments, in terms of
axial dispersion and mixing time. The respective contribu-
tions of turbulent diffusion and spatial dispersion to the axial
dispersion are analyzed and discussed.

The objective of the article is definitely not to fit the experi-
mental data ‘‘exactly,’’ by adjusting different coefficients of the
model. The aim is first to select the most important parameters
controlling hydrodynamics and axial dispersion and then to esti-
mate the efficiency of the available closure relations to suffi-
ciently (or insufficiently) predict the experiments. In conse-
quence, only three gas flow rates were used to validate the model
and only one gas flow rate is studied in terms of sensitivity analy-
sis of the modeling to the aforementioned parameters. In addition,
as pointed out by Merchuk et al.,16 axial fluid mixing has been
extensively studied in bubble columns, although there are very
few studies in the literature addressing gas holdup, liquid velocity,
and axial mixing in airlift reactors. The present study can contrib-
ute to such local analysis of gas–liquid airlift reactors.

Mathematical Modeling

The development of the Eulerian two-fluid model is now
classical. Consequently, the basic equations driving two-
phase flow hydrodynamics will be briefly recalled. The flow
is assumed to be isothermal.
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Mass balance

The mass balance is given by

qakrk
qt

þrakrkUk ¼ mk (1)

where ak is the volume fraction, index k stands for gas (G) or
liquid (L), rk (kg m�3) is the phase density, and Uk (m s�1)
is the local, statistical averaged velocity associated with phase
k. On the right-hand side appears a term that represents the
statistical averaged interfacial mass transfer. In the present
work, the interfacial mass transfer will be neglected.

Momentum balance

The momentum equation for phase k is given by

q
qt
ðakrkUkÞ þ rakrkUkUk ¼ akrkBk �rakPk

þrakðtk � rku
0
ku

0
kÞ þ ukmk þMk ð2Þ

where Bk (m s�2) is the gravitational acceleration, Pk (kg
m�1 s�2) is the pressure in phase k, u0ku

0
k, (m

2 s�2) is the
phase Reynolds stress tensor, and Mk (kg m�2 s�2) is the
interfacial transfer of momentum arising from pressure and
viscous stress distributions over the gas–liquid interface.
Equation 2 can be rewritten as follows:

q
qt
ðakrkUkÞ þ r � akrkUkUk ¼ akrkg� akrPk

þr � akðtk � rku
0
ku

0
kÞ þ ukmk þ Ik ð3Þ

where Ik represents the interfacial momentum transfer that results
after substracting the average pressure. It can be expressed as17

IG ¼ �IL ¼ ap
1

2
rLCDjVrjVr þ aGrLCA

qUr

qt
þ UG � rUr

� �
þr½aGrLCAu0Gu0r� � rLu

0
Gu

0
L � raG ð4Þ

The first term on the right-hand side of Eq. 4 accounts for drag,
which will be discussed below. The second and third terms
account for added mass effects. The last term accounts for tur-
bulent pressure.18 The last term was developed in the frame of
homogeneous turbulence. Because the circulation in the airlift is
controlled by the gas flow, and primarily by buoyancy effects,
we will focus on drag and added mass mechanisms. In the mo-
mentum equation of the two-fluid model, the interfacial transfer
of momentum related to drag is expressed as

IDG ¼ �IDL ¼ ap
1

2
rLCDjVrjVr

In this drag term, appears the relative velocity Vr and the drag
coefficient CD. In the case of spherical bubbles, the projected
interfacial area ap is given by ap ¼ (3/4)(aG/rb), where rb is the
bubble radius; thus

IDG ¼ aGrL
3CD

8rb
jVrjVr (5)

The radius rb corresponds to the radius of the sphere of
volume equivalent to that of the distorted bubble. The drag

coefficient used in the present work was proposed by Kara-
manev and Nikolov,19 and is expressed as

CD ¼ 24

Re
ð1þ 0:15Re0:687Þ þ 0:413

1þ 16:3Re�1:09

for Re , 135 ð6Þ
CD ¼ 0:95 for Re > 135 (7)

This expression is close to Schiller and Naumann10 correla-
tion, for low bubble Reynolds number. The bubble Reynolds
number is defined as

Re ¼ rLdbjVrj
mL

(8)

In two-phase flow, it is classical to refer to Ur , the differ-
ence of velocity between the two phases:

Ur ¼ UG � UL (9)

However, the relative velocity Vr is not equal to the differ-
ence of velocity of the two phases. Following Simonin’s pro-
posal, it is defined as

Vr ¼ UG � UL � vd (10)

The relative velocity Vr is the statistical average of the local
instantaneous relative velocity between each bubble and the
surrounding liquid. In other words, it represents the statistical
average of relative velocity of the liquid seen by the gas. The
statistical average of the turbulent fluctuating liquid velocity in
the liquid is equal to zero, but the statistical average of the tur-
bulent fluctuating liquid velocity seen by the gas is not equal
to zero. Therefore, on the right-hand side of the previous equa-
tion, an additional term, vd , appears, called drift velocity, aris-
ing from the correlation between instantaneous distributions of
bubbles and large scale liquid motions. This term needs to be
analyzed in detail. The modeling of the drift velocity used in
this article is attributed to Simonin and Viollet:20

vd ¼ �Dt
GL

1

aG
raG � 1

aL
raL

� �
(11)

where the fluid-bubble turbulent dispersion term DGL
t is related

to the turbulence characteristic scales. The significant role of the
drift velocity will be shown later in the discussion. It is thus nec-
essary to detail its modeling. In the case of quasi fully developed
upward cocurrent bubbly flow, the vertical component of the
drift velocity vd is negligible compared to the longitudinal (ver-
tical) relative velocity Ur. Consequently, in the longitudinal
equation of momentum, the drift velocity could be neglected.
The norm of the relative velocity could also be simplified, given
that |Vr | & |Ur |. However, as we will see in the discussion, the
role of the drift velocity in the horizontal component of momen-
tum balance equation is significant and necessary to explain the
dispersion of the bubbles.

The fluid-bubble turbulent dispersion term is modeled as

Dt
GL ¼ 1

3
ttGLu

0
Gu

0
L (12)

where tGL
t is the characteristic timescale of the turbulence

seen by the gas phase. This characteristic timescale is related
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to the characteristic time of the turbulence scale in the liquid
phase, tL

t , classically expressed in terms of turbulent kinetic
energy and dissipation rate by

ttL ¼ 3

2
Cm

kL
eL

(13)

tGL
t is expressed by

ttGL ¼ ttL
skL

1þ Cbz
2
r

� ��t=2
(14)

where zr is the ratio of the characteristic time of the turbu-
lence in the liquid and the characteristic timescale of the
bubble necessary to cross the containing energy eddies:

zr ¼
jVrjffiffiffiffiffiffiffiffiffiffiffiffi
2kL=3

p (15)

The link between the characteristic timescale of the turbu-
lence seen by the gas phase, tGL

t , and the characteristic time
of the turbulence scale in the liquid phase, tL

t , depends thus
on zr. Two asymptotic cases can be considered:

(1) If the relative velocity of the dispersed phase is negli-
gible, then zr vanishes in Eq. 14. The characteristic timescale
of the turbulence seen by the gas phase is equal to the char-
acteristic time of the turbulence scale in the liquid phase; in
other words, without relative velocity, the dispersed phase
follows the continuous phase and behaves as a fluid particle.

(2) If the relative velocity of the dispersed phase is large,
then zr is large too and Eq. 14 can be written as

ttGL ¼ ttL
skL

ffiffiffiffiffiffi
Cb

p
zr

Considering the previous definitions, one can show that

ttGL ¼ 2

3

� �3=2

Cm
�L

jVrj
Thus, the characteristic timescale of the turbulence seen by
the gas phase is related to the ratio of the Taylor macro-
length scale in the liquid, LL, divided by the relative velocity
of the bubble. It is thus related to the time during which a
bubble travels a large vortex.

In Eq. 12, the covariance u0Gu
0
L is related to the turbulent

kinetic energy in the liquid kL as

u0Gu
0
L ¼ 2kL

bþ Zr
1þ Zr

(16)

where Zr is the ratio of the characteristic timescale of the tur-
bulence seen by the gas phase, denoted tGL

t , given by Eq. 14
and the characteristic timescale of the bubble entrainment by
the liquid motion, tGL

F .

Zr ¼
ttGL
tFGL

(17)

tGL
F is expressed by

tFGL ¼ 2rb
3CDUr

rG
rL

þ CA

� �
(18)

where the parameter b is expressed as

b ¼ 1þ CA

rG=rL þ CA
(19)

If the characteristic timescale of the turbulence seen by the
gas phase, tGL

t , is large compared to the characteristic time-
scale of the bubble entrainment by the liquid motion, tGL

F ,
the bubble will follow the turbulent motion of the liquid
phase. Thus Zr is large and u0Gu

0
L ¼ 2kL.

The added mass coefficient is taken as 0.5 and the parame-
ter Cb is equal to 0.45.

Turbulence modeling of the continuous phase

The turbulence modeling in the continuous phase is based on
the two equations (k, e) turbulence model derived in two phase
flow, including interfacial transfer of turbulent kinetic energy
(TKE) and its dissipation rate. The turbulence modeling reported
below was developed by Simonin and coworkers.17,18,20

The Reynolds stress tensor is expressed in terms of turbu-
lent viscosity in the liquid as

� u0iLu
0
jL ¼ mtL

qUjL

qxi
þ qUiL

qxj

� �
� 2

3
kLdij (20)

where the turbulent viscosity is given by

mtL ¼ Cm
k2L
eL

(21)

The turbulent kinetic energy (kL, TKE) transport equation
in the liquid phase is expressed as

qrLaLkL
qt

þr � ðrLaLkLULÞ ¼ r rLaL
mtL
skL

rkL

� �
þ aLrLPrL � aLrLeL þ�i

kL ð22Þ

The transport equation of the dissipation rate of the TKE
(eL) in the liquid phase is expressed as

qrLaLeL
qt

�r � ðrLaLeLULÞ ¼ r rLaL
mtL
seL

reL

� �

þ Ce1
eL
kL

aLrLPrL � Ce2aLrL
e2L
kL

þ�i
eL ð23Þ

PrL represents the classical single phase production term of
turbulent kinetic energy in the liquid phase. The TKE in the
liquid phase is affected by the interfacial effects; the interfa-
cial term was modeled by Bel F’dhila and Simonin:18

�i
kL ¼

rG
ðrGþrLCAÞaG

3

8
rL

CDjVrj
rb

u0Gu
0
L�2kLþ vd

�!� Vr

�!� �
ð24Þ

Accounting for the previous discussion, assuming that

u0Gu
0
L¼ 2kL, only the term vd

�! � Vr

�!
remains in Eq. 24. It is the

scalar product of the velocities that can be written as

vd
�! � Vr

�!
¼ vdVr cosðyÞ
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where y is the angle between the two vectors. Thus Eq. 23
becomes

�i
kL ¼ rG

ðrG þ rLCAÞ aG
3

8
rL

CDjVrj2
rb

vd cosðyÞ (25)

The drift velocity given by Eq. 11 can be expressed as

vd
�! ¼ �Dt

GL

1

aGð1� aGÞraG

In addition, assuming an equilibrium between drag and buoyancy:

Dr~g ¼ 3

8
rL

CDVr

rb
Vr

�!
(26)

Thus the interfacial transfer of TKE is given by

�i
kL ¼ � rG

ðrG þ rLCAÞDrD
t
GL

1

1� aG
~g � r

!
aG (27)

Given the density of the mixture, rm ¼ rGaG þ rLaL, it
becomes

r
!
rm ¼ �Drr

!
aG

Thus, finally

�i
kL ¼ rG

ðrG þ rLCAÞ
1

1� aG
Dt

GL~g � r
!
rm

¼ rG
ðrG þ rLCAÞ

1

1� aG
rrm gDt

GL cosðyÞ ð28Þ

As Haynes21 mentioned in his PhD thesis, this term corresponds
to turbulence damping by density gradient, related to gas frac-
tion gradient. One must highlight that this term is different from
zero only when the drift velocity vector and the relative velocity
vector are not perpendicular. In bubble columns, bubble plumes,
or airlifts, the relative velocity of the bubbles is mainly vertical
(following ~g ) and the drift velocity is mainly horizontal (fol-

lowing rr
!

, as previously outlined). In these cases, the interfa-
cial transfer of TKE probably vanishes.

The dissipation rate of the turbulent kinetic energy in the
liquid phase is also affected by the interfacial effects. The
interfacial term was modeled by Elgobashi and Abou-Arab:22

�i
eL ¼ Ce3

eL
kL

�i
kL (29)

As previously discussed, this classical term will vanish in the
case of airlift reactor. This set of equations will be solved in
part 4 and discussed in part 5.

Concentration transport equation

To perform tracer experiment from a numerical perspec-
tive, it is first necessary to recall the equations governing the
concentration transport phenomena in the liquid phase.
Because of the turbulence, local instantaneous concentration

and velocity are decomposed in terms of statistical average
(overbar) and turbulent fluctuation (prime) as

cL ¼ CL þ c0L and uL ¼ UL þ u0L (30)

Thus, the general transport equation of the concentration in
the liquid phase is given by

qaLCL

qt
þr � aLCLUkL ¼ �r � ak JL þ c0Lu

0
L

� �
(31)

where JL represents the molecular diffusion, modeled by
Fick’s law:

JL ¼ �DLr � CL (32)

The turbulent diffusion of the concentration in the liquid is
expressed in terms of turbulent diffusivity DtL:

� c0Lu
0
L ¼ DtLrCL (33)

where the turbulent diffusivity DtL is proportional to the tur-
bulent viscosity and has the same order of magnitude:

DtL ¼ mtL
Sct

(34)

given that the turbulent Schmidt number (Sct) is close to 1. It
expresses that the same turbulent structures diffuse both the
momentum and the concentration attached to fluid particles.

The equation of transport of concentration in the liquid is thus

qaLCL

qt
þr � aLCL UL ¼ r � aLððDL þ DtLÞrCLÞ (35)

It will be solved and discussed later.

Experimental

Most of the experimental data related to the gas–liquid air-
lift reactor, referred to herein, were carried out by Couvert.13

Detailed information is given in Couvert et al.23,24

The reactor is a parallelepiped vessel, 3 m high and 0.5 m
wide and deep, equipped with a baffle in its middle as
described in Figure 1. The baffle position is fixed. The reac-
tor was initially filled with tap water, up to 2.6 m high. The
pilot is divided into four sections: an upward flow aerated
section; the free surface flow above the internal wall; a
downward flow less aerated section, usually called down-
comer; and the flow below the internal wall, including the
gas injector, usually called sparger. The liquid height below
the internal wall is 150 mm.

The global circulation of liquid is induced by air injection,
which is ensured by two horizontal cylindrical membrane
spargers (Flexazur1 T415 membrane covering Plexiglas1

cylinders), located at the bottom right of the reactor. The out-
side diameter of each cylindrical membrane sparger is 40 mm.
The axis of the cylindrical membrane spargers is located at
100 mm above the bottom of the pilot. Because the injectors
were made from a perforated membrane, the bubble diame-
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ters are calibrated by the superficial gas velocity as shown
by Couvert,13 who measured the bubble diameters for differ-
ent superficial gas velocities. Bubble size was visualized by
video camera (Sony DXC 930 P, 3 CCD23).

Measurement of gas fraction

Holes distributed along the height of the reactor walls
ensure the pressure measurement, from which volume gas
fraction is deduced. This technique is well adapted when
flow is fully developed and when the pressure gradient is
mainly controlled by the gravity term. Longitudinal distribu-
tions of gas fraction in both upward and downward flow sec-
tions have thus been estimated. The overall gas holdup in the
airlift is determined by using a volume expansion technique
and is measured from the difference between the ungassed
and gassed liquid level (Table 1).13

Measurement of liquid velocity

The liquid velocity field in the nonaerated zone at the bot-
tom of the downflow was previously measured with PIV
(particle image velocimetry) system by Cockx.14 Details on
the PIV system acquired from Dantec Measurement Technol-
ogy were given in Bugay et al.25 The system used was a
4-W continuous wave laser (Innova 70-4 from Coherent, ar-
gon-ion source), an electrooptical shutter, an optical fiber, a

polygon scanner, and a double image 700 recorder camera
(CCD camera, 768 � 484 pixels2).

Measurement of concentration

During the salt tracing technique, concentration is tracked by
a conductimeter probe (Model XE 100, Tacussel, Inc. Villeur-
banne, France) connected to a conductimeter (Tacussel type CD
6N) and a computer. This device also allows the measurement
of mixing parameters from which the liquid velocity and axial
dispersion are deduced. This technique was applied by Couvert
et al.23 It consists in injecting a quantity of NaCl. From the mea-
surement of concentration vs. time, one can see that after four
loops, the concentration is completely mixed in the reactor. In
addition, each loop (of length L ¼ 5 m) corresponds to a circula-
tion time tc equal to 25 s and to a velocity UL of 0.2 m/s. The
global expression of the transport equation of salt is recalled:

qCL

qt
þ UL

qCL

qz
¼ EZL

q2CL

qz2
(36)

The curve giving the concentration vs. time can be fitted by the
Voncken model expressed in terms of nondimensional temporal
variable y ¼ t/tc and nondimensional concentration variable E ¼
C/C0, where C0 is the completely mixed value of concentration:

E ¼ 1

2

ffiffiffiffiffiffi
Pe

py

r X1
j¼0

exp � Peðj� yÞ2
4y

" #
(37)

After fitting the experimental curve CL(t), corresponding to a
superficial gas velocity of 1.7 cm/s, the Peclet number (Pe ¼
ULL/EZL) was 30, which corresponds to an axial dispersion
coefficient of 0.04 m2/s.

In addition, from the experimental curve CL(t), the mixing
time can be determined : it is defined as the number of loops
(circulation time of the liquid in the airlift), needed to have a
uniform distribution of the concentration within the airlift. Ex-
perimental data of the nondimensional concentration E ¼ C/C0,
are reported in Table 2, as a function of the nondimensional
time, y ¼ t/tc. After four loops, the gap between the local con-
centration and the theoretical value, corresponding to a perfectly
mixed reactor C0, is of the order of magnitude of 1%.

CFD tool

Commercial Fluent1 code version 6 was used to solve con-
tinuity and momentum equations. The pressure–velocity cou-
pling is obtained using a ‘‘Phase Couple SIMPLE’’ algorithm.
For the convective terms of the conservation equations, a first-
order UPWIND differencing scheme is applied. As soon as
convergence is reached, a QUICK differencing scheme is im-
plemented, offering a more accurate result than the UPWIND
scheme as recommended by Sokolichin et al.26 All the simula-
tions were carried out using two-dimensional (2D, 13,200
cells) and three-dimensional (3D, 62,900 cells) meshes. The
geometry and the meshes are performed with the preprocessor
GAMBIT. Detailed information is reported in Talvy.27

Figure 1. Experimental airlift reactor pilot.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

Table 1. Experimental Data after Couvert (2000)

Gas flow rate (L/s) 0.62 2.12 5.62
Superficial gas velocity (cm/s) 0.5 1.7 4.5
Mean gas fraction 0.8 2.6 7.0
Mean gas fraction in the riser 1.1 3.4 7.6
Mean gas fraction in the downcomer 0.6 1.8 6.5
Bubble Sauter diameter (mm) 2.7 3.4 4.3

Table 2. Evolution of E = C/C0 According to Mixing Time

y experimental 1 2 3 4
E experimental 1.52 1.12 1.04 1.01
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Validation of Numerical Simulation
of Hydrodynamics

Before presenting the numerical simulations, it is neces-
sary to recall the global behavior of the airlift reactor.
Indeed, the liquid circulation induced by the gas flow results
from a balance between (1) the difference of column weight
between upward and downward flow sections, and (2) the
total pressure drops, in which the singular ones are much
more important than the linear ones in our experiment.

The global momentum balance can be expressed as fol-
lows:5,16,28

½ðrgRgd þ rlRldÞg� ðrgRgu þ rlRluÞg�H

¼ Pwutwu
Su

þ Pwdtwd
Sd

� �
H þ DP2 þ DP3 ð38Þ

The left-hand side of the equation represents the difference
of weight between the upward flow section (index u) and the
downward one (index d). r is the density and R is the cross-
sectional average of local phase fraction a, in the gas (index
g) or in the liquid (index l). H is the height of the internal
wall. The right-hand side of the equation comprises the linear
pressure drop, where P denotes wall (index w) perimeters
wetted by the liquid, t represents the wall shear stress, and S
the cross sections of upward and downward flows. DP2 and
DP3 account for singular pressure drops, respectively, above
and below the internal wall. The right-hand side terms will
thus be proportional to the square of the liquid velocity. In
the airlift, the gas flow rate is imposed, but the liquid veloc-
ity induced by the aeration is unknown. Because this liquid
velocity results from the previous balance, its determination
will depend on both the estimation of gas fraction distribu-
tion in the airlift (left-hand side of Eq. 38) and on the correct
representation of the singularities, in terms of pressure drops
(right-hand side of Eq. 38).

Modeling in the airlift

In the simulations, the reference case is based on the fol-
lowing modeling assumptions: free surface deformation, drift
velocity, drag coefficient,19 source terms in the k–e model,
and without added mass. In addition, simulations are first
made in 2D.

Longitudinal distribution of gas in the airlift

Figures 2a and 2b represent the longitudinal distribution of
the gas volume fraction for three different superficial gas
velocities (0.5, 1.7, 4.5 cm/s). In the riser part (Figure 2a), it
can be seen that the CFD results are in good agreement with
the experiments. One meter above the injector, the flow can
be considered as fully developed because, downstream, the
gas volume is nearly constant (roughly 1% for 0.5 cm/s, 4%
for 1.7 cm/s, and 8.5% for 4.5 cm/s). Looking at the gas vol-
ume fraction distribution in the downcomer (Figure 2b), for a
superficial gas velocity equal to 0.5 cm/s, the downcomer is
not aerated, as shown by experimental results and confirmed
by CFD results. For the two other superficial gas velocities,
the main remark is that the length of the aerated region at

the top of the downcomer is well predicted. This height is
equal to about 1.4 m for 1.7 cm/s and 0.75 m for 4.5 cm/s.
However, predicted gas distribution is slightly different from
the experimental results. For gas velocity equal to 1.7 cm/s,
the predicted gas fraction between 1.5 and 2.25 m is higher
than experimental values. In recirculating flow regions, at the
bottom of the riser and at the top of the downcomer, the
flow is accelerated and decelerated; thus, the measurement of
pressure gradient does not enable us to assess the local gas
fraction. In addition, the zone at the top of the downcomer is
actually a recirculation, where coalescence may occur. It is
not taken into account in the modeling. To complete the
study in terms of gas distribution, the radial gas distribution
is studied.

Horizontal profile of gas fraction in the airlift

Couvert13 measured bubbles radial distributions in the
riser. The superficial gas velocity is equal to 1.7 cm/s. At the
position in the riser (2.125 m), as the flow is well developed
and steady, CFD results are in good agreement with experi-
mental data (Figure 3).

Figure 2. Gas volume fraction distribution in riser (a)
and downcomer (b) for three gas superficial
velocities.

jg ¼ 0.5 cm/s (}: Experiment; - - -: CFD); jg ¼ 1.7 cm/s (n:
Experiment; —: CFD); jg ¼ 4.5 cm/s (&: Experiment; – – –:
CFD).
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Longitudinal profile of liquid velocity in the airlift

Cockx14 measured a velocity profile in the nonaerated
zone of the downcomer at one height. The superficial gas ve-
locity is equal to 1.7 cm/s. The predicted velocity profile is
plotted on Figure 4 and compared to PIV experiments. The
agreement is very good. The order of magnitude of the liquid
velocity is equal to 0.20 m/s.

Discussion on Numerical Simulation
of Hydrodynamics

Once validated, the model has to be analyzed. The sensi-
tivity analysis is limited to the superficial velocity of 1.7 cm/s.
The goal of the discussion is to determine the most important
parameters in the modeling of two-phase bubbly flow, in the
case of an airlift reactor. The most important one is the drift
velocity, necessary to correctly account for the bubble disper-
sion by the turbulence of the liquid. As will be shown later,
this term cannot be ignored. The second important issue con-
cerns the drag coefficient. Different models are tested. The
third sensitivity analysis is based on the treatment of the free
surface; considering it as a fixed surface simplifies the simula-

tion but biased the result. Finally, the necessity to simulate in
3D or the possibility to limit the simulation in 2D is discussed.

Drift velocity and added mass

The effects of the drift velocity and added mass were
investigated first. Different simulations were made with and
without drift velocity, with and without added mass. The sen-
sitivity of the model to these closure relations can be dis-
cussed from Figure 5. The longitudinal distributions of gas
fraction in the riser are plotted. Predicted values under differ-
ent modeling hypothesis (without added mass with drift ve-
locity, without added mass without drift velocity, with added
mass with drift velocity) are compared to experimental data.
The main conclusion of the sensitivity analysis to drift veloc-
ity and added mass is the significant effect of drift velocity,
to correctly predict gas fraction dispersion. Indeed, the drift
velocity enables to reproduce the dispersion of the gas bub-
bles in the turbulent liquid flow. Without accounting for the
drift velocity, the gas plume is not dispersed over the cross-
section in the riser (Figure 5), overestimating the gas velocity
and underestimating the gas fraction. To better understand
this phenomenon, it is interesting to come back to the model-
ing of the drift velocity:

vd ¼ �Dt
GL

1

aG
raG � 1

aL
raL

� �
(39)

where the fluid-bubble turbulent dispersion term is modeled
as (Eq. 12)

Dt
GL ¼ 1

3
ttGLu

0
Gu

0
L

tGL
t is the characteristic timescale of the turbulence seen by

the gas phase; it is related to the characteristic time of the
turbulence scale in the liquid phase. It can be written as

ttGL ¼ 1

skL

3

2
Cm

kL
eL

1þ Cbz
2
r

� ��1=2
(40)

Figure 4. Horizontal profile of liquid velocity in down-
comer.

n: Experimental; —: CFD.

Figure 5. Sensitivity of gas volume fraction in riser to
added mass and drift velocity.

n: Experiment; —: without added mass, with drift velocity,
predictions; – – –: without added mass, without drift veloc-
ity; - - -: with added mass, with drift velocity.

Figure 3. Horizontal profile of gas fraction in riser.

l: Experiment; —: CFD.
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In addition, the covariance u0Gu
0
L is related to the turbulent

kinetic energy in the liquid kL:

u0Gu
0
L ¼ 2kL

bþ Zr
1þ Zr

(41)

Thus, the fluid-bubble turbulent dispersion term becomes

Dt
GL ¼ 1

skL
Cm

k2L
eL

1þ Cbz
2
r

� ��1=2 bþ Zr
1þ Zr

(42)

It is thus clear that the fluid-bubble turbulent dispersion is
proportional to the turbulent viscosity in the liquid [mtL ¼
Cm(kL

2/eL)]. It is affected by two corrective terms. The first
one depends on zr, the ratio of the characteristic time of the
turbulence in the liquid, and the characteristic timescale of
the bubble necessary to cross the containing energy eddies:

zr ¼
jUrjffiffiffiffiffiffiffiffiffiffiffiffi
2kL=3

p (43)

In fact, the turbulent kinetic energy varies between its value
in the wall region kL ¼ U�2=

ffiffiffiffiffiffi
Cm

p
and around 1/3 of this

value far from the wall. In addition, the friction velocity U*
is roughly equal to 5% of the mean velocity. Thus, zr can be
estimated as

zr ¼
jUrjffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi

2=3
ffiffiffiffiffiffi
Cm

pq
5%UL

¼ 13
jUrj
UL

(44)

It was found from the simulation that the liquid velocity is
of the same order than the slip velocity of the bubbles. Thus,
zr equals 13. Because Cb is of the order of 0.45, the correc-
tive term can be simplified:

1þ Cbz
2
r

� ��1=2� 1ffiffiffiffiffiffi
Cb

p
zr

� 0:1 (45)

The second corrective term in Eq. 42 is related to (b þ Zr)/
(1 þ Zr), where Zr is the ratio of the characteristic timescale
of the turbulence seen by the gas phase, denoted tGL

t and the
characteristic timescale of the bubble entrainment by the liquid
motion tGL

F :

Zr ¼
ttGL
tFGL

¼
1
skL

3
2
Cm

kL
eL

1þ Cbz
2
r

� ��1=2

2rb
3CDUr

rG
rL
þ CA

� 	 ¼ CmCD

skL
ffiffiffiffiffiffi
Cb

p

� 9

4

ffiffiffi
2

3

r
kL

3=2

eLrb

1

rG
rL
þ CA

� 	 ¼ 0:25
�L

rb

1

rG
rL
þ CA

� 	 ð46Þ

where LL is the Taylor macroscale of the turbulence in the liq-
uid phase. It is mainly related to the geometry of the airlift, in
particular to the distance to the wall.

The corrective factor becomes

bþ Zr
1þ Zr

¼

1 þ CA

rG
rL

þ CA

� 	þ 0:25 �L

rb
1

rG
rL

þ CA

� 	
1þ 0:25 �L

rb
1

rG
rL

þ CA

� 	

¼ 1þ CA þ 0:25 �L

rb
rG
rL
þ CA þ 0:25 �L

rb

� 1þ CA þ 0:25 �L

rb

CA þ 0:25 �L

rb

ð47Þ

Because the bubbles are small compared to the size of the
airlift, LL/rb � 1, thus the corrective factor is equal to unity,
whatever the added mass coefficient value CA. We can thus
understand why the gas dispersion weakly is sensitive to
added mass (Figure 6). Finally, the fluid-bubble turbulent dis-
persion term becomes

Dt
GL ¼ 0:1

skL
Cm

kL
2

eL
(48)

Recall the definition of the drift velocity:

vd
�! ¼ �Dt

GL

1

aGð1� aGÞr
!
aG

In fully developed upward flow, the vertical gradient of gas
fraction qaG/qz is null and thus the vertical component of the
drift velocity is also null: vdz ¼ 0. The vertical component of
the drift velocity vd is negligible compared to the longitudinal
(vertical) relative velocity Ur. However, horizontal gradient of
gas fraction induces horizontal drift velocity:

vdx ¼ �Dt
GL

1

aGð1� aGÞ
qaG
qx

Figure 6. Sensitivity of gas volume fraction to the drag
law coefficient in riser (a) and downcomer (b).

n: Experiment; —: Karamavev; – – –: Clift et al.; - - -:
Harmathy.
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If the gas fraction is high in the bulk of a gas plume and null
outside the gas plume, the gas fraction horizontal gradient qaG/
qx is negative and thus it induces a positive drift velocity, gen-
erating gas dispersion.

According to many authors,12,17,26 the added mass effect is
crucial in a partially aerated bubble column to account for
the oscillation of the bubble plumes, for example. Becerril
also noticed that the value of the added mass coefficient
must not be constant and must be dependent on the local gas
fraction and the shape of the bubbles. In Fluent1 code, the
added mass coefficient is fixed to 0.5. According to Figure 5,
the added mass coefficient has no significant effect in the
riser, where the flow is well developed with an average gas
volume fraction of roughly 4%. In the first meter above the
injection of gas, where the flow is accelerated, added mass
tends to increase the gas dispersion. Mudde and van den
Akker6 simulated airlift reactor with added mass force, but
did not mention any discrepancies concerning this effect. In
an airlift reactor (Figure 5 and Eq. 47), added mass is shown
to play a minor role.

A last comment on interfacial transfer is related to the
transfer of turbulence. Because Zr is given by Eq. 46 and
because LL/rb � 1, the corrective factor given by Eq. 47 is
equal to unity. Thus, the covariance u0Gu

0
L is equal to twice

the turbulent kinetic energy in the liquid kL. Consequently,
the interfacial transfer of turbulent kinetic energy given by
Eq. 24 does vanish.

In conclusion, the zones of gas fraction gradient contribute
to gas dispersion (in the momentum equation) but do not
contribute to enhancement or damping of turbulence (in the
TKE equation). In addition, drift velocity modeling affects
the horizontal velocity of bubbles, in terms of gas dispersion,
but does not affect the longitudinal (vertical) transfer of mo-
mentum between the gas and the liquid. Thus, the liquid ve-
locity, in terms of liquid circulation, is not affected by the
drift velocity modeling.

Drag coefficient

As shown earlier, the hydrodynamics in the airlift is based
on a balance between aeration difference (between the riser
and the downcomer) and pressure drops. Aeration is quantified
in terms of gas fraction, itself resulting from interfacial mo-
mentum transfer between gas bubbles and the liquid phase.
Considering the bubble diameter as an input of the simula-
tions, the interfacial momentum transfer is controlled by the
modeling of the drag coefficient. A classical drag law, pro-
posed in CFD code, is attributed to Schiller and Naumann:10

CD ¼ 24

Re
ð1þ 0:15Re0:687Þ for Re , 1000 (49a)

CD ¼ 0:44 for Re . 1000 (49b)

Indeed, this correlation was developed for solid spheres.
This correlation can be modified to account for dispersed
phase volume fraction. In our experiments, because the gas
fraction is very small, this correction has not been accounted
for. In general, bubbles are distorted. Thus, rb in Eq. 5 is the
radius of a sphere of volume equivalent to that of the distorted
bubble. It is thus possible to introduce the eccentricity of the
bubble in the expression of the projected area, assuming an el-

lipsoidal shape for the bubble with a circular horizontal pro-
jected area (diameter b) and a vertical smaller axis c. The ec-
centricity is E ¼ c/b. Then, the projected area is given by

ap ¼ 3

2

aG
b

¼ 3

4

aG
rbeqE2=3

(50)

For the sake of simplicity, the effect of distortion can be
included in the expression of the drag coefficient and equiva-
lent bubble radius can be used.

CDeq ¼ CD

E2=3
with IDG ¼ aGrL

3CDeq

8rbeq
jVrjVr (51)

For example, given an eccentricity E of 30% (corresponding
to a bubble diameter of several millimeters9), the equivalent
drag coefficient is doubled. Given that the bubble Reynolds
number is of the order of 1000, the drag coefficient of a solid
sphere 0.45 becomes 0.9 for an ellipsoid with an eccentricity
of 30%. This value is surprisingly close to the value pro-
posed by Karamanev and Nikolov19 and is used in the pres-
ent simulations.

Van Baten et al.7 used another correlation proposed by
Clift et al.9 They verified that the rise velocity is well repre-
sented with a correlation, where the drag coefficient depends
only on the Eötvös (Eö) number:

CD ¼ 2

3

ffiffiffiffiffiffi
Eö

p
with Eö ¼ ðrl � rgÞ

s
gd2b (52)

Given a bubble diameter (db) equal to 3.4 mm, the drag coef-
ficient CD is equal to 0.84. This value is again twofold larger
than the value calculated from the correlation proposed by
Schiller and Naumann10 arising from the fact that, for Eö >
1, bubbles are not spherical but ellipsoidal and thus have a
higher drag coefficient.

Another modeling of the drag mainly used in gas–liquid
flow simulations was proposed by Harmathy.29 He proposed
a constant slip velocity of the bubbles when their Reynolds
number is of the order of 1000. The slip velocity is given by

Ur ¼ 1:5
sgDr
r2L

� �1=4

(53)

which corresponds to a constant slip velocity of 0.25 m/s. It
corresponds to a drag coefficient expression very close to the
previous one because it can be written as

CD ¼ 0:56
ffiffiffiffiffiffi
Eö

p
(54)

In this case, the drag coefficient CD is equal to 0.7.
The sensitivity of the simulations to these three types of

coefficients was tested.9,19,29 Figure 6 presents the longitudi-
nal distributions of the gas volume fraction in the riser and
in the downcomer. The relative velocity of the bubbles
increases with decreasing drag coefficient. Thus the volume
fraction of the gas decreases with decreasing drag coefficient.
Consequently, in the riser, the experimental gas fraction is
well predicted with the correlation of Karamanev and Niko-
lov19 but is weakly underestimated with the Clift et al.9

expression and is further underestimated with the Harmathy29
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correlation. In the downcomer, the velocity of the gas
decreasing with decreasing drag coefficient, the height of the
aerated zone is correctly predicted with the correlation of
Karamanev and Nikolov19 but is underestimated with the
Clift et al.9 expression and more underestimated with the
Harmathy29 correlation. Aeration of this zone also decreases
with decreasing drag coefficient.

The sensitivity of predicted liquid velocity profile to drag
coefficient modeling is also investigated. According to Fig-
ure 7, which represents the liquid axial velocity profile vs.
the width of the downcomer, numerical simulation performed
with the Karamanev–Nikolov relation,19 for the drag coeffi-
cient, is in good agreement with the experimental profile.
Indeed, with decreasing value of drag coefficient, the liquid
velocity is overestimated.

The three drag coefficients (0.95, 0.86, and 0.7) correspond
to respective relative velocity of 0.21, 0.23, and 0.25 m/s. It
is surprising to note that the liquid velocity profiles plotted
in Figure 7 correspond to superficial liquid velocities of
0.195, 0.215, and 0.23 m/s, respectively. Thus, it appears
that the superficial liquid velocity is closely related to the
relative velocity of the bubbles, itself imposed by the drag
coefficient. In other words, the superficial liquid velocity
seems to be fixed by the relative velocity of the bubbles.
Physically, the consequence of this remark is that, as soon as
the bubbles are entrained by the liquid in the downcomer,
their average velocity is null because their upward relative
velocity is equal to the downward liquid velocity.

Free surface

In the simulations, there are two ways to account for the
free surface:

(1) It may be considered as a fixed (nondeformable) sur-
face, on which is implemented a ‘‘degassing’’ boundary con-
dition, where the gas can escape at the interface. Such a
condition was unavailable in Fluent1 code, but has been
programmed in C language.

(2) It may be considered as a moving (deformable) sur-
face. This moving interface accounts for the expansion of the
liquid resulting from gas injection. In this case, the numerical

domain includes a region above the liquid surface, filled with
gas. The boundary condition at the top is a pressure outlet. A
degassing boundary condition allows us to eliminate the
interface simulation, whereas saving mesh resolution and
time calculation by not simulating the part above the free
surface is not simulated.

As shown in Figures 8a and 8b, the simulation of gas vol-
ume fraction in the riser and in the downcomer is dependent
on the modeling of the upper surface of liquid. Fixed surface
simulation is compared to free surface simulation. According
to Figure 8a, the nature of the free surface has almost no
influence on the gas volume fraction in the riser because the
gas fraction distribution is very close in the two simulations.
Modeling the free surface deformation is important to cor-
rectly predict the flow in the downcomer. A fixed surface
will bias calculation of the global circulation of liquid induc-
ing wrong values for gas volume fraction entrained in the
downcomer. However, in the downcomer (Figure 8b) with
the fixed surface condition, the bubbles are dragged deeper,
and thus the gas volume fraction in the aerated part is
smaller than that in the case with a free surface flow. This
trend is directly related to the simulation of the liquid veloc-
ity (Figure 9). A fixed surface generates a larger pressure
drop at the top of the airlift, inducing a larger liquid velocity.

Figure 7. Sensitivity of axial liquid velocity in down-
comer to drag law coefficient.

n: PIV experiment; —: Karamavev; – – –: Clift et al.; - - -:
Harmathy.

Figure 8. Sensitivity of gas volume fraction to the sur-
face modeling in riser (a) and downcomer (b).

n: Experiment; —: Free surface; - - -: Fixed surface.
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This larger liquid velocity overestimates the entrainment of
gas bubbles in the downcomer and underestimates the gas
fraction.

3D vs. 2D simulations

3D simulations were run with the same modeling as that
of the 2D calculations, with respect to the drag coefficient

and the free surface, and where added mass force was not
considered. Figures 10a and 10b present a comparison of lon-
gitudinal distribution of the gas volume fraction in the riser
and in the downcomer, predicted in 2D and in 3D simula-
tions. The results obtained in 3D simulations are in agree-
ment with experimental data and close to the results obtained
with a 2D simulation, for the superficial gas velocity of
1.7 cm/s. According to Table 3, the global gas fraction
obtained from 3D simulations agrees with the experimental
measurements and is slightly more accurate than the global
gas fraction calculated from 2D simulation. The longitudinal
profiles presented in Figures 10a and 10b confirm that the
global gas volume fraction in the downcomer is better esti-
mated with 3D simulation. In the riser, the 3D gas volume
fraction remains remarkably close to the experimental values.

Once local hydrodynamics has been validated and two-
fluid local modeling has been analyzed, CFD simulations
based on transient transport of concentration on steady-state
hydrodynamics can be discussed.

Numerical Simulations of Axial Dispersion
of a Tracer in the Liquid Phase

To characterize the global hydrodynamics within the airlift
loop reactor, a numerical tracer is compared to the experi-
mental tracer method. The efficient variables in this study
are the global liquid velocity (UL) and the Peclet number
(Pe), characteristics of the axial dispersion (EZL). The objec-
tive of this section is to test the ability of CFD to simulate
axial dispersion in the airlift reactor. Consequently, a numeri-
cal experiment is performed, in exactly the same way as in
the laboratory pilot experiment. Concentration of salt is
injected at the top of the airlift, the flow being steady state.
A local probe measures the concentration of salt vs. time. In
Figure 11, numerical tracer concentration vs. time is plotted

Figure 9. Sensitivity of liquid velocity in downcomer to
the surface modeling.

n: PIV experiment; —: Free surface; - - -: Fixed surface.

Figure 10. Gas volume fraction in riser (a) and down-
comer (b) for 2D and 3D geometry.

n: Experiment; —: 2D result; - - -: 3D result.

Table 3. Global Gas Volume Fraction
in 2D and 3D Simulation

Global Gas Holdup Riser Downcomer

Experimental 3.4 6 1% 1.8 6 0.3%
CFD 2D 3.7% 2.5%
CFD 3D 3.3% 2.3%

Figure 11. Numerical tracer in 2D and 3D geometry.

~: Experiment; —: 2D; —: 3D.
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for both 2D and 3D simulations and compared to experi-
ments. Time is normalized by the circulation time (tc), that
is, the time necessary to perform one circulation loop in the
airlift reactor. The experimental data and the simulated con-
centrations predicted in 2D and 3D are interpreted thanks to
the Voncken model, which provides the Peclet number and
time circulation related to a timescale.

Circulation time

From Figure 11, Table 4 was prepared. According to Table 4,
both 2D and 3D simulations give an accurate value of the
circulation time compared to the experimental measurement
(that is, about 25 s) because circulation time is directly
related to liquid velocity (previously validated).

Mixing time

From Table 5, it can be noticed that experimental value of
the concentration is uniformly distributed after four loops of
circulation, which is not the case in the 2D simulation. 3D sim-
ulation is yet able to reproduce this phenomenon. Table 5
presents the values of maxima of E ¼ C(t)/C0 at each y ¼ t/tc.
After four loops, the gap between local instantaneous concen-
tration and the uniform concentration is 10% for 2D simulation
and 2% for 3D simulation. To explain this gap between 2D
and 3D simulations, axial dispersion is investigated.

Axial dispersion and Peclet number

In terms of Peclet number or axial dispersion, the 2D sim-
ulation is not relevant (Table 4). Indeed, the effect of the
spatial dispersion is clearly dampened, explained by the fact
that only two dimensions are considered, whereas the 3D
Peclet number is closer to the experimental results as the
result of a better estimation of the spatial dispersion. The 3D
simulation is thus able to predict the mixing in the airlift re-
actor. However, the 3D Peclet number is slightly higher than
experimental value. This result is discussed below.

Discussion on Numerical Simulations
of Axial Dispersion of a Tracer
in the Liquid Phase

With respect to the numerical tracer method, the aim of this
section is first to determine the different contributions to axial
dispersion, in terms of molecular, numerical, turbulent, and spa-
tial diffusion or dispersion. Thus, each component is estimated
and the main contribution of spatial dispersion to axial disper-
sion is shown. Finally, 3D simulation enables us to improve the
prediction of axial dispersion. CFD results are then analyzed to
improve the physical understanding of axial dispersion.

Theoretical background

In a first step, Eq. 36 will be established, to determine the
different contributions to axial dispersion. Define the spatial
average of volume fraction of the phase k, ak, as Rk with h i
the spatial averaging operator:

Rk ¼ haki ¼ 1

S

Z
A

Z
akdS (55)

Given a function Fk

RkhhFkii ¼ hakFki ¼ 1

S

Z
A

Z
akFkdS (56)

and

RkhhUkFkii ¼ hakUkFki ¼ 1

S

Z
A

Z
akUkFkdS (57)

Indeed hhUkFkii = hhUkiihhFkii because the variables U
and F are not uniformly distributed in the section. The differ-
ence between these terms represents the spatial dispersion:

Uk ¼ hhUkii þ ~Uk

Fk ¼ hhFkii þ ~Fk

then

hhUkFkii ¼ hhUkiihhFkii þ hh ~Uk
~Fkii (58)

The spatial averaging of the transport equation of the con-
centration (Eq. 35) is expressed as

q
qt
RkCk þ q

qz

�
RkhhCkUzkii

�
ðAÞ

¼ � q
qz

�
RkhhJk þ c0ku

0
kii

�
ðBÞ

(59)

The term (A), which can be developed as Ukz ¼ hhUkzii þ
~Ukz and Ck ¼ hhCkii þ ~Ck, becomes

q
qz

�
RkhhCkUkzii

� ¼ q
qz

�
RkhhCkiihhUkzii

�þ q
qz

�
Rkhh ~Ck

~Ukzii
�

(60)

This term expresses the spatial dispersion and can be mod-
eled as

hh ~Ck
~Ukzii ¼ �Ddk

qhhCkii
qz

(61)

Table 5. Experimental and Numerical Values of E = C/C0

at Different Circulation Times

y

1 2 3 4

E, experimental 1.52 1.12 1.04 1.01
E, 2D 2.26 1.52 1.24 1.10
E, 3D 1.9 1.25 1.08 1.02

Table 4. Experimental and Numerical Values
of tc, Pe, and EZL

tc (s) Pe EZL (m2/s)

Experiment 25 30 4 � 10�2

2D 25 80 1.5 � 10�2

3D 23 42 2.9 � 10�2
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The term (B) is related to molecular and turbulence diffusion
of the concentration:

� q
qz

�
RkhhJk þ c0ku

0
kii

� ¼ q
qz

Rk ðDk þ DtkÞ qhhCkii
qz

� �
 �
(62)

referring to the Fickian model and to the concept of turbulent
diffusivity.

Finally, one obtains

q
qt
RkhhCkii þ q

qz

�
RkhhCkiihhUzkii

�
¼ q

qz
RkðDk þ Dtk þ DdkÞ qhhCkii

qz

� �
ð63Þ

For the sake of simplicity, hhFkii will be noted Fk.
In the case of steady state and fully developed flow, it

becomes

qRL

qt
¼ 0

qRL

qz
¼ 0

qUL

qz
¼ 0

qD
qz

¼ 0

and the transport equation of the concentration becomes

qCL

qt
þ UL

qCL

qz
¼ ðDL þ DtL þ DdLÞ q

2CL

qz2
(64)

Thus, this equation can be compared to the global equation
classically used in tracer method analysis:

qCL

qt
þ UL

qCL

qz
¼ EZL

q2CL

qz2
(65)

Indeed, with respect to axial dispersion, it is important to
define and to estimate the respective weights of the different
phenomena that can contribute to it. As written here

EZL ¼ DL þ DtL þ DdL þ DnL (66)

axial dispersion results from molecular diffusion, turbulent dif-
fusion, spatial dispersion, and numerical diffusion. The molec-
ular diffusion of salt in water is about 1.35 � 10�9 m2/s.

Estimation of numerical and turbulent diffusion
and spatial dispersion

Numerical Diffusion. The numerical dispersion is investi-
gated in terms of mesh size and is attributed to the discreti-
zation of the transport equation. To calculate its value, a 2D
rectangular column (1 m high and 0.1 m wide) is used. At
the bottom, a Dirac impulsion is imposed in the domain and
the numerical tracer is followed at two points at two different

heights (0.4 and 0.8 m). In this case, the dispersion is
ensured by only the molecular and numerical diffusions. To
reach only the numerical dispersion, different small values of
‘‘molecular’’ diffusion are imposed, that is, between 10�2

and 10�8 m2/s. As soon as the solution varies with the fictive
molecular diffusion value, it means that dispersion is attrib-
uted to numerical diffusion. Because the numerical diffusion
depends on mesh size, three squared mesh size were tested:
0.5, 1, and 2 cm.

Table 6 presents the different values of the numerical dif-
fusion coefficient. According to Table 6, the value of Dn

varies between 4 and 11 � 10�4 m2/s. Such values are far
greater than the real molecular diffusion (¼ 10�9 m2/s) but
two orders of magnitude smaller than the axial dispersion
measured in 2D. Thus, the contribution of numerical diffu-
sion to axial dispersion can be neglected.

Turbulent Dispersion. The second term to estimate is the
turbulent diffusivity. As mentioned earlier, it is almost equal
to the turbulent viscosity. The turbulent viscosity is plotted

Table 6. Numerical Diffusion Coefficient
According to Mesh Size

Mesh Size (cm) Dn (m
2/s)

0.5 4 � 10�4

1.0 6.3 � 10�4

2.0 1.1 � 10�3

Figure 12. Liquid (UL), gas velocity (UG), and liquid tur-
bulent viscosity (mt).

Figure 13. Distribution of concentration after one (Y1),
two (Y2), three (Y3), and four (Y4) loops.
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in Figure 12. The maximum value is 3.5 � 10�3 m2/s. The
averaged value of turbulent viscosity, predicted by the simu-
lation, is 1.8 � 10�3 m2/s. Surprisingly, it is one order of
magnitude smaller than the axial dispersion. Thus, it cannot
explain the value of axial dispersion.

Spatial Dispersion. The last term to analyze is the spatial
dispersion coefficient. To estimate the longitudinal distribu-
tion of spatial dispersion from the simulations, both local liq-
uid velocity and local concentration were decomposed in the
cross section, in terms of spatial averaged value and local
fluctuation compared to the average as follows:

UL ¼ hhULii þ ~UL and CL ¼ hhCLii þ ~CL (67)

The steady-state liquid velocity field is plotted in Figure 12.
The tracer concentration is plotted at different circulation
times in Figure 13. As previously demonstrated in the deriva-

tion of the one-dimensional equation of the transport of con-
centration, an additional term accounting for the longitudinal
derivative of the correlation hh ~CL

~ULii is introduced. This
term accounts for spatial dispersion in the cross section:

hh ~CL
~ULii ¼ haL ~CL

~ULi
RL

(68)

The longitudinal distribution of this term was estimated in
the riser and in the downcomer (Figures 14a and 14b). The
correlation hh ~CL

~ULii is generally modeled as the product of
a spatial dispersion coefficient times the longitudinal gradient
of averaged concentration:

�hh ~CL
~ULii ¼ DdL

qhhCLii
qz

Figure 14. Numerical distribution of �hh ~CL
~ULii in riser (a) and downcomer (b). Numerical distribution of ›CL/›z

in riser (c) and downcomer (d); numerical distribution of Ddl in riser (e) and downcomer (f) after two
(—: Y2), three (- - -: Y3), and four (–—: Y4) loops.

AIChE Journal February 2007 Vol. 53, No. 2 Published on behalf of the AIChE DOI 10.1002/aic 349



Longitudinal distributions of the longitudinal gradient of aver-
aged concentration qhhCLii/qz in the riser and in the down-
comer were estimated from the simulations and are plotted in
Figures 14c and 14d. Three curves are plotted on each figure,
corresponding to instantaneous data taken after two, three, and
four loops after the injection of salt at the top of the reactor.

It can be noticed that in the riser (Figures 14a–14c), two
zones can be characterized, below (Zone 1) and above 1 m
high (Zone 2). Zone 1 is the zone where the liquid flow is
disturbed by the gas injector and the reversal flow from the
downcomer to the riser (Figure 12). The concentration
(Figure 13) is trapped in the two recirculation cells in this
zone leading to qCL/qz ¼ 0. In Zone 2, the scalar gradient is
almost uniform. The value of qCL/qz decreases as the time
increases and the concentration becomes uniform throughout
the airlift. In the downcomer, two zones can also be
described: <1.25 m (Zone 1) and >1.25 m high (Zone 2).
Zone 1 is the nonaerated zone of the downcomer. The flow
is established and the gradient concentration tends to become
uniform according to time. In Zone 2, at the beginning, the
concentration is not uniform because the scalar is introduced
in this zone. The evolution of qCL /qz in the downcomer is
similar to the evolution in the riser.

Consequently, the spatial dispersion is defined as follows:

DdL ¼ �hh ~CL
~ULii

qhhCLii=qz (69)

and can be estimated after the numerical results.
Figures 14e and 14f show the distribution of the spatial

dispersion coefficient in the riser and the downcomer. The
first remark is that the three profiles do superimpose, accord-
ing to Yi in the riser as well as in the downcomer. In the
riser, DdL in Zone 1 is quite difficult to estimate because
qCL /qz (Figure 14c) is sometime equal to zero, leading to an
infinite value of the spatial dispersion. In Zone 2, DdL is con-
stant and equal in average to 10�2 m2/s. In the downcomer,
in Zone 2, DdL is also constant, except at the top where its

value is higher because of the acceleration of the liquid
velocit. DdL is about 2 � 10�2 m2/s. In Zone 1 (nonaerated),
DdL is also constant and equal to 5 � 10�4 m2/s. In average,
DdL can be estimated as 1.5–2 � 10�2 m2/s in the whole re-
actor. This value is one order of magnitude higher than the
value of the turbulent dispersion mt (Figure 13).

Clearly, the spatial dispersion is more important than the
turbulent diffusion and both molecular and numerical diffu-
sions can be neglected. Because of the strong effect of the
complex geometry on spatial dispersion, it becomes clear
that the simplification consisting in limiting the simulation to
a 2D geometry affects the results: the spatial dispersion
induced by the confinement in the third direction has to be
taken into account.

3D Simulation. The spatial dispersion coefficient defined
by Eq. 69 can also be estimated from profiles of liquid veloc-
ity and concentration, at given instants for a 3D simulation.
The longitudinal distributions of the spatial dispersion coeffi-
cient in the riser and in the downcomer can thus be plotted
(Figure 15).

One of the main results observed on Figures 15a and 15b is
that the three curves (taken after two, three, and four loops in
the airlift) are again superimposed, as in 2D simulation. The
second information is related to the nonuniformity of the spa-
tial dispersion coefficient. To better understand this trend, the
spatial dispersion coefficient must be differently estimated. In
the riser, the velocity field contains positive and negative val-
ues, corresponding to a main upflow, in the bulk, and a periph-
eral downward flow. To be more coherent with the basis of
axial dispersion analysis, the spatial dispersion coefficient is
now assessed in the restricted upward flow region in the riser
and in the restricted downward flow region in the downcomer.
The modified spatial dispersion coefficients are plotted in Fig-
ures 15c and 15d. These new spatial dispersion coefficients are
still nonuniform. Referring to the pioneering works of Tay-
lor,30 so as to better understand this trend, the spatial disper-
sion coefficient is usually related to a scale velocity times a
length scale. Thus, the longitudinal profile of the average value

Figure 14. (Continued)
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of the positive (respectively negative) liquid velocity in the
riser (respectively in the downcomer) is plotted in Figures 15c
and 15d. One can conclude that the longitudinal evolution of
the spatial dispersion coefficient in the riser and in the down-
comer follows closely the longitudinal evolution of absolute
value of the average liquid velocity. In the downcomer, the ve-
locity amplitude is of the order of the liquid circulation, mean-
ing that the downward flow fills the downcomer section,
whereas in the riser, in which the velocity amplitude is twice
the liquid circulation, a significant downflow occurs along the
lateral walls, as in bubble columns. The averaged value of DdL

in the riser (respectively downcomer) is 7 � 10�2 m2/s
(respectively 2 � 10�2 m2/s), leading to a global value % 4.5
� 10�2 m2/s, which is close to the experimental EZL. Numeri-
cal simulations made in 3D are thus more reliable for calcula-
tion of axial dispersion. It means that in such an airlift reactor,
the complex geometry must be accounted for.

Conclusion on axial dispersion of a tracer
in the liquid phase

The main result of the discussion on axial dispersion coef-
ficient is that the turbulent diffusion is shown not to be the

Figure 15. Numerical distribution of spatial dispersion coefficient in riser (a) and downcomer (b) after two (—: Y2),
three (- - -: Y3), and four (–—: Y4) loops; numerical distribution of modified spatial dispersion coefficient
(–}–) and liquid velocity (—) in riser (c) and downcomer (d).
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relevant phenomenon able to explain the magnitude of axial
dispersion. The spatial dispersion, induced by the complex
3D geometry of the reactor, is shown to be dominant. This
result is original, compared to that of previous reports in the
literature.31,32 The evolution of the axial dispersion is also
shown to follow the mean liquid velocity. The downcomer
behaves like a plug-flow reactor (with weak axial dispersion),
whereas the riser behaves in a more complex way, with an
axial upflow in the bulk and a recirculating downflow near
the wall. From a global perspective, the value of the global
axial dispersion coefficient obtained after experiment (EZL ¼
0.04 m2/s, Table 4) is of the order of the product of the liq-
uid circulation (UL ¼ 0.20 m/s) times the hydraulic diameter
of the airlift (DH ¼ 0.3 m).

Conclusion

Herein we report the most recent attempt to exploit com-
putational fluid dynamics in two-phase flow reactors to pre-
dict phase distribution (interfacial area), liquid circulation,
and global parameters classically used in chemical engineer-
ing such as axial dispersion—the focus has been on an airlift
internal loop reactor.

From the simulation of the local hydrodynamics, one can
predict the longitudinal distribution of the gas retention and
deduce the interfacial area. It must be pointed out that the di-
ameter of the bubble is not modeled but imposed after experi-
mental data. The hydrodynamics has been validated in terms
of the liquid velocity profile in the nonaerated part of the
downcomer; it was also validated on the longitudinal distribu-
tion of gas volume fraction. A sensitivity analysis of the simu-
lations to the main phenomenological relations was investi-
gated. Gas dispersion is mainly related to the modeling of the
drift velocity, which is thus a key parameter of the model.
The modeling of the drift velocity affects the horizontal veloc-
ity of the bubbles, in terms of gas dispersion, and thus gas dis-
tribution in the riser and in the downcomer. It does not affect
the liquid circulation. Drag coefficient was also shown to be
an important issue. The liquid velocity is directly related to
the bubble velocity and thus to the modeling of the drag. The
gas fraction is also sensitive to the drag modeling. Modeling
of free surface deformation can also improve the predictions.
With respect to hydrodynamics, 2D simulations seem suffi-
cient to predict gas fraction and liquid circulation.

Given the local hydrodynamics, transport of concentration
is simulated. The simulation is compared to experiments in
terms of the Voncken model, to determine axial dispersion of
a tracer in the liquid phase. The numerical simulation in
three dimensions is shown to improve the prediction of this
parameter, compared to 2D simulations. It must be men-
tioned that the turbulent diffusion is one order of magnitude
smaller than axial dispersion of a tracer in the liquid phase:
the most important phenomenon to explain axial dispersion
of a tracer is related to spatial dispersion in the liquid phase,
mainly induced by the complex 3D geometry of the airlift in-
ternal loop reactor.

The mixing of the liquid phase in the airlift is thus mainly
controlled by macroscale effects (velocity scale as liquid cir-
culation and length scale as Taylor macroscale, proportional to
the hydraulic diameter); axial dispersion in the liquid phase
arises mainly from nonuniform profiles in a section and can

be modeled in terms of previous macroscales. The study con-
firms that the airlift reactor is well adapted to biological proc-
esses, with reduced turbulence stresses, but good mixing in
terms of macromixing time compared to biological kinetics.
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Notation

ap = projected interfacial area, m2

Bk = gravitational acceleration, m s�2

CA = added mass coefficient
CD = drag coefficient
C0 = completely mixed concentration, mg L�1

Ck = local statistical averaged concentration in phase k, mg L�1

ck = local instantaneous concentration in phase k, mg L�1

c0k = local instantaneous turbulent component of concentration in
phase k, mg L�1

hCLi = cross-section–averaged concentration in phase k, mg L�1

~CL = spatial fluctuation of concentration in phase k, mg L�1

c0uk = turbulent diffusive flux of concentration vector, mg m L�1 s�1

db = bubble diameter, m
DL = liquid molecular diffusivity, m2 s�1

DtL = liquid turbulent diffusivity, m2 s�1

DdL = liquid dispersion diffusivity, m2 s�1

DdL = liquid numerical diffusivity, m2 s�1

DGL
t = fluid-bubble turbulent dispersion, m2 s�1

E = bubble eccentricity
E = concentration ratio
Eö = Eötvös number
EZL = axial dispersion, m s�2

H = height of the internal wall in the airlift reactor, m
Ik = interfacial transfer of momentum, kg m�2 s�2

jk = superficial phase velocity, m s�1

K = singular head loss coefficient
kL = turbulent kinetic energy (TKE), m�2 s�2

L = length of a liquid circulation loop in the airlift reactor, m
Lk = interfacial transfer of concentration between the two phases,

mg L�1 s�1

mk = local instantaneous interfacial mass transfer, kg m�3 s�1

Mk = local instantaneous interfacial momentum transfer, kg m�2 s�2

ML = local instantaneous interfacial momentum transfer related to
drag, kg m�2 s�2

Pk = local statistical averaged phase pressure, kg m�1 s�2

DP = singular pressure drops, kg m�1 s�2

Pw = wall wetted perimeter, m
Pe = Peclet number (Pe ¼ VcL/EZL)
RK = volume averaged phase fraction
Re = Reynolds number
rb = bubble radius, m
Su = upflow cross-sectional area, m2

Sd = downflow cross-sectional area, m2

Sct = turbulent Schmidt number
t = time, s
tc = liquid circulation time, s
Uk = local statistical averaged phase velocity, m s�1

Ur = gas–liquid relative velocity, m s�1

uk = local instantaneous phase velocity, m s�1

uk
0 = local instantaneous turbulent component of phase velocity, m s�1

hULi = cross-section–averaged phase velocity, m s�1

~UL = spatial fluctuation of phase velocity, m s�1

uk
0uk0 = phasic Reynolds stress tensor, m2 s�2

Vr = relative velocity, m s�1

vd = drift velocity, m s�1

Greek letters

ak = phase retention
di = Dirac function defined at interface locations
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eL = dissipation rate of the TKE, m2 s�3

LL = Taylor macroscale of the turbulence in the liquid phase, m
rk = phase density, kg m�3

y = nondimensional temporal variable (y ¼ t/tc)
tk = viscous stress tensor in phase k, kg m�1 s�2

tGL
t = characteristic timescale of the turbulence seen by the gas

phase, s
mtL = turbulent viscosity, m2 s�1

zr = ratio of the characteristic time of the turbulence in the liquid
and the characteristic timescale of the bubble necessary to
cross the containing energy eddies

Zr = ratio of the characteristic timescale of the turbulence seen by
the gas phase, denoted tGL

t and the characteristic timescale of
the bubble entrainment by the liquid motion tGL

F
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